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Abstract. Continuous production of ethyl acetate
involves various separation challenges due to multiple
azeotropes. In this study, three-phase advanced distillation
method is applied through diverse purification scenarios
for ternary separation of ethyl acetate system (ethyl
acetate/water/ethanol). This highly non-ideal mixture
contains four azeotropes and three distillation regions.
To select the best distillation region, the separation
feasibility and conceptual design of ethyl acetate three-
phase distillation unit are comprehensively investigated
by the extended boundary value method for various feed
locations and numerous product recoveries. It was found
that the region in which ethanol is a stable component
was the most suitable region for the distillation process.
Further, the conceptual design of the three-phase column
is optimized by variation of reflux ratio and operating
pressure. Ultimately, based on the conceptual design
results, rigorous simulation of the process is accomplished
and ethanol is separated with 99.25 mol % purity.

Keywords: three-phase distillation, ethyl acetate process,
separation feasibility, conceptual design, rigorous simulation.

1. Introduction

Distillation process is the most important thermal
separation method for liquid mixtures in chemical and
petrochemical industries. High energy consumption for
boiling and vaporization of the mixture is the main
drawback of this method. Therefore, application of this
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method is limited for separation of mixtures with high
boiling point components or heat sensitive, unstable, and
chemically active mixtures. The conventional technique
for eliminating this shortcoming is lowering the operating
pressure to diminish the boiling temperature of the
mixture. Implementing this technique for processes with
high volume flow rates and high total pressure drop is
not possible."?

The three-phase distillation method is proper for
ruling out the mentioned obstacles. In this method, the
gas phase is in contact and equilibrium with the two
liquid phases in the sieve tray or packed bed distillation
column. This distillation method occurs when at least
one of the components in the liquid mixture has partial
solubility or is insoluble in other components.** Thus, a
highly non-ideal heteroazeotropic mixture is achieved.
The boiling temperature in heteroazeotropic mixtures is
always lower than that of its pure constituents. In fact,
this physical principle is employed in the three-phase
distillation operation to perform the separation process at
low temperatures.**

Identifying the mixture characteristics and the
type of azeotropic points with respect to homogeneity
and heterogeneity plays a key role in choosing the proper
strategy for three-phase distillation operation. Classification
of azeotropic mixtures in three-phase distillation is
illustrated in Fig. 1. It goes without saying that the
higher number of azeotropic points due to creating
limiting distillation boundaries makes the three-phase
separation more challenging and reduces the likelihood
of achieving high-purity products. Given the existence of
heterogeneity in the liquid phase, the three-phase
distillation column constantly works with decanter.
In the decanter, the two liquid/liquid (LL) phases are
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separated and recovered." Based on the type of
heterogeneity, the three-phase distillation is carried out
in two forms:

1. Operation with one decanter. In case one of
the components is insoluble in another component,
the separation process is conducted with one decanter,
and considering that the heterogeneity in the liquid phase
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is on the top or bottom of the column, the decanter is
placed on the top or bottom of the column.

2. Operation with two decanters. If one of the
constituents is insoluble in other two constituents, the
separation operation is carried out with two decanters.
The methods of three-phase distillation with one and two
decanters are presented in Fig. 2.

One binary azeotrope S Heterogeneous (water/ethyl acetate/acetaldehyde)

Azeotropic mixtures Two binary azeotropes

Three binary

azentrnneg

Four azeotropes
(Three binary-one ternary)

Homogeneous-homogeneous (water/methanol/methyl acetate)
Homogeneous-heterogeneous (water/diethyl ether/ethyl acetate)

Heterogeneous-heterogeneous (water/1-butanol/ethyl acetate)

__ > Homogeneous-homogeneous-heterogeneous

(water/acetic acid/benzene)

Homogeneous ternary azeotrope (water/ethanol/ethyl acetate)

Heterogeneous ternary azeotrope (water/1-butanol/butyl acetate)

Fig. 1. Classification of ternary azeotropic mixtures in three-phase distillation
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Fig. 2. The methods of three-phase distillation: separation with one decanter (a) and two decanters (b)

As mentioned above, the three-phase distillation is
an attractive and effective process for separation of
highly non-ideal mixtures, which is currently required by

numerous chemical industries. Here we evaluate the
three-phase distillation of ethyl acetate process, because
continuous production of ethyl acetate is involving with
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various separation challenges due to multiple azeotropes
as well as heterogeneous liquid-liquid phase split.

Ethyl acetate is distinguished as one of the most
important chemicals, which is widely used as solvent in
production of inks, adhesives, paints, and coatings. In
addition, it is the main ingredient in different fragrances,
flavors, and pharmaceuticals.®*?

The industrial production of ethyl acetate is
primarily based on the classical Fischer esterification
process of acetic acid with excessive ethanol as
EtOH + AcOH « EtAc + H,0, in the presence of acid
catalyst.>**** The conversion of this reaction is limited
by chemical equilibrium.’® Therefore, to increase
conversion percent, the excess amount of ethanol is
applied. Consequently, the resultant ethyl acetate
contains produced water and the residual ethanol, which
forms an acetic acid free ternary stream. The separation
of this ternary mixture is complicated because of the
formation of binary and ternary azeotropes. Therefore, a
feasible separation scheme and its conceptual design are
required for processing of this complex system.

Almost all studies conducted in the field of the
separation of this sophisticated mixture have been either
on reactive distillation****** or on pervaporation.®***?

Reactive distillation is a quite complex process.
This complexity is due to strong interactions of chemical
reaction with heat and mass transfer and high sensitivity
to column continuous variables such as reflux ratio.”®
On the other hand, applying the reactive distillation is
somewhat restricted by constraints such as operating
conditions (temperature and pressure) for distillation and
reaction and difficulties in controllability and providing
suitable residence time characteristics.® Another disadvantage
of reactive distillation is suffering from problems
associated with the use of homogeneous acid or base
catalysts, leading to serious economic and environmental
consequences. Moreover, these catalysts are expensive
and require severe considerations to maintain their long
thermal stability.”*® Also, catalysts are poisoned through
basic impurities that are likely to be present in the feed.'

Pervaporation suffers from problems associated
with the strong competition among the mentioned
mixture components to interact with the membrane.
Furthermore, there is also the possibility of the co-
permeation of the components in studied mixture, which
would direly affect the separation performance of the
membrane in this process.®*!*2

The main contribution of the current study is
comprehensive evaluation of the separation feasibility
and conceptual design of ethyl acetate unit based on
principles of three-phase distillation method that leads to
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significant energy saving. To the best of our knowledge,
the proposed method is innovative for ethyl acetate process,
and has not been reported in open literature sources.

The objective function of the present work is
considered achieving high purity products with the
minimum capital and operating costs. To achieve this
goal, the effect of various distillation regions, feed location,
recovery percent of products, reflux ratio, and operating
pressure is investigated on the conceptual design of three-
phase separation column. Thereafter, based on the obtained
results from the conceptual design, rigorous simulation
of the separation process of the azeotropic mixture is
carried out. Finally, the effect of variation of the bottoms
flow rate and reflux ratio is evaluated by rigorous design.

2. Experimental

2.1. Conceptual Design

Design of three-phase distillation columns is taken
into account as an industrial challenge due to the
presence of heterogeneity in liquid phase.’ Applying the
conceptual design principles can be an efficient strategy
to eliminate these challenges.

The shortcut methods applied in the conceptual
design are essential tools for determining the characteristics
of these non-ideal separation units. These methods evaluate
the separation feasibility and determine the minimum
required parameters for design (e.g., the number of stages,
feed stage, reflux ratio, and energy duty). The capital and
operating costs of separation unit can be estimated with
these parameters. Various shortcut methods either rely on
applying pinch points (at minimum reflux) or rigorous
concentration profile (tray-to-tray) calculations to estimate
the column performance. Some of the most important of
these methods are listed in Table 1.

Table 1. The shortcut methods for conceptual design
of non-ideal separation units

Pinch-based calculations Tray-to-tray calculations

Pitchfork boundary method Boundary value method

Minimum angle & zero- (BVM)
volume criterion Shortest stripping line
Feed angle method method (SSLM)

Rectification body method

Petlyuk’s methodology

The pinch-based methods have weak performance
in confronting with strongly non-ideal mixtures such as
our case study in this paper. Contrary to pinch calculation
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methods, the shortcut methods relying on concentration
profile calculations such as the BVM and the SSLM are
very accurate and result in an exact column profile except
when the distribution of trace impurities exists in the
product specifications. Both the BVM and the SSLM are
actually the optimization problems at which the lowest
energy occurs when the concentration profiles of both
column sections intersect.***” To our knowledge, there was
no report on systematic conceptual design of separation unit
of ethyl acetate/water/ethanol mixture using an efficient
shortcut method in different distillation regions.

In the current study, extended BVM was used to
predict the hard splits in our strongly non-ideal mixture.
This extended method (implemented in the environment of
Aspen Plus software (version 8.8)) has overcome the only
mentioned drawback of conventional BVM, hence it is a
powerful tool to analyze some important challenges and
gaps in the design of ethyl acetate three-phase distillation
column. Using this method, the column design is carried
out based on purity or recovery of products, reflux ratio,
and operating pressure for a specific feed and separation
process performance is evaluated based on the required
number of stages and calculated energy duty.

2.2. Process Thermodynamics

Prediction of equilibrium and thermodynamic
behavior of the mixture is of great significance in design
and simulation of the process. Therefore, the selection of
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appropriate thermodynamic model is very essential.
Since the ethyl acetate unit contains polar components
and has highly non-ideal behavior, activity models such
as NRTL, UNIFAC and UNIQUAC were employed on
Aspen Plus software to analyze the process thermodynamic.
Given that Wilson activity model is not able to predict
liquid-liquid equilibrium; this model was not used for
ethyl acetate/water/ethanol mixture that forms two liquid
phases.

To choose the most fitting thermodynamic equation,
the predictions of the mentioned models in the form of
binary equilibrium curves (Txy and xy) were compared
with the experimental equilibrium data derived from
literature. Needless to say, lower error percentage indicates
more proper performance of the thermodynamic model
in evaluation of the mixture behavior.

Water-ethanol mixture. In Fig. 3, xy and Txy
curves for water/ethanol mixture are drawn using
thermodynamic equations of NRTL, UNIFAC and
UNIQUAC along with experimental equilibrium data
extracted from Beebe Jr. et al.'® and Kgima et al.*
This mixture has a minimum boiling homogeneous
azeotrope at 89.52 mol % of ethanol. As can be
observed, all the three equations have relatively
similar performance in prediction of equilibrium and
are closely comparable with experimental data. Sum
of squared errors (SSE) of each of the employed
models are indicated in Table 2.
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Fig. 3. Equilibrium curves for water-ethanol mixture: xy (a) and Txy (b)

Water-ethyl acetate mixture. Xy and Txy equilibrium
curves for water/ethyl acetate mixture through the
NRTL, UNIFAC, and UNIQUAC thermodynamic
equations, along with experimental data derived from

Ellis and Garbett,?® are shown in Fig. 4. The mixture has
a minimum boiling homogeneous azeotrope at 67.34 mol %
of ethyl acetate. This time the prediction of all three
equations has almost the same trend and is very well
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adapted to the experimental data. In Table 2, the SSE value is
expressed for each of the applied models. The water/ethyl
acetate mixture has partial miscibility in each other, thus
forming two liquid-liquid phases (in the Txy graph of Fig. 4,
the two-phase liquid-liquid region is not shown).
Ethanol-ethyl acetate mixture. In Fig. 5, the
comparison of the predictions of the NRTL, UNIFAC
and UNIQUAC thermodynamic equations was
performed with the experimental equilibrium data
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extracted from Griswold et al.?* for ethanol/ethyl acetate
mixture through the xy and Txy curves. The mixture
has a minimum boiling homogeneous azeotrope at
55.33 mol % of ethyl acetate. As can be seen, in the xy
curve, all three equations have almost the same
performance in predicting the equilibrium, but in the Txy
curve, the UNIFAC model shows a higher error rate than
the other models. The SSE value of each of the used
models is demonstrated in Table 2.
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Fig. 4. Equilibrium curves for water-ethyl acetate mixture: xy (a) and Txy (b)
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Fig. 5. Equilibrium curves for ethanol-ethyl acetate mixture: xy (a) and Txy (b)

According to the comparison of the results
obtained in Figs. 3 and 5, as well as the SSE values
reported in Table 2, the NRTL and UNIQUAC equations
have the same potential in the thermodynamic analysis
of the process and have less error than the UNIFAC

equation in predicting the system equilibrium.
Consequently, the NRTL and UNIQUAC equations can
be used for predicting the complex phase equilibriums of
the studied mixture with high accuracy. In this study, the
NRTL equation was employed to analyze the non-ideal
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vapor-liquid equilibrium (VLE) and possible vapor—
liquid-liquid equilibrium (VLLE) of the system. Also,
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the vapor phase was modelled by Hayden-O’Connell
(HOC) equation of state at higher operating pressures.’

Table 2. The SSE values obtained from prediction of NRTL, UNIQUAC and UNIFAC models in equilibrium
behavior analysis using xy and Txy curves for water/ethanol/ethyl acetate system

Equilibrium curve NRTL UNIQUAC UNIFAC

Xy water and ethanol 0.0002 0.0003 0.001
Txy water and ethanol 0.032 0.0266 0.052
Xy water and ethyl acetate 0.0034 0.0033 0.0019
Txy water and ethyl acetate 0.9228 0.928 0.923
xy ethanol and ethyl acetate 0.0003 0.0003 0.0021
Txy ethanol and ethyl acetate 0.0113 0.0115 0.11

SSEsym 0.97 0.97 1.09

3. Results and Discussion

3.1. Conceptual Design

In Fig. 6, a ternary diagram of the water/ethanol/ethyl
acetate mixture, along with the boundaries and
distillation regions, is shown to evaluate the feasible
separation flowsheets. As it is obvious, significant two-
liquid (LL) phase envelope is observed in this diagram.

Ethanol= 40%.
Ethyl acetate= 57%. _

H>0=3 mol.% ; _

Ethanol= 40%. &=
Ethyl acetate= 50%,
H>0= 10 mol.%

The minimum-boiling homogeneous ternary azeotrope
(with composition of 28.17 mol % of water, 18.12 mol %
of ethanol, and 53.71 mol % of ethyl acetate) lies closely
to the boundary of LL envelope. As shown in the
diagram, the LL tie lines slop toward pure water node
and, consequently, nearly pure water could be recovered
from the LL separation. This implies that the operation
with one decanter (according to Fig. 2) is desirable to
remove water in ethyl acetate separation unit.

Ethanol= 40%,
04-—-—>Ethyl acetate= 40%
H,0= 20 mol.%

0.5 0.6 0.7 0.8 0.9
H20

Fig. 6. Three different distillation regions for entering the feed with a constant molar percentage
of ethanol in a ternary diagram of water/ethanol/ethyl acetate mixture

With regard to the distillation boundaries shown
in Fig. 6, three distillation regions are visible. In the first
step, the conceptual design of the separation column of
the water/ethanol/ethyl acetate mixture was performed
separately in three distillation regions to determine the
best region for the separation process. Design operations
were performed in each of the three regions for

100 kmol/h feeds with a constant mole fraction of
ethanol (40 mol %) at the reflux ratio of 1.5 and
atmospheric pressure to provide the correct comparison.

Conceptual design in triple distillation regions.
Based on Fig. 6, in the first distillation region, ethyl
acetate is the stable node; therefore, it is considered as
the main component in the bottom product. In this
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region, the feed contains 40 mol % of ethanol, 57 mol %
of ethyl acetate, and 3 mol % of water. Conceptual
design was carried out in different recovery amounts of
ethyl acetate at the bottom of the column, and the
separation feasibility was investigated in each case. It is
worth mentioning that in identical recoveries of ethyl
acetate, the case was selected, which provides the
minimum number of required theoretical stages and duty
in the condenser and the reboiler and the maximum
purity of the products. Fig. 7 illustrates the obtained
values from the conceptual designs (the number of stages
and energy duty) in various ethyl acetate recoveries at
the bottom of the column. By increasing the recovery
percent of ethyl acetate, the number of equilibrium
stages elevates, and energy duty first decreases to 40%
recovery of ethyl acetate and then rises. It should be
noted that there was no significant change in the purity
of the products, which is why results for products purity
were not reported.

According to the conceptual design results in Fig. 7,
the optimal mode for distillation operation in terms of
the number of stages and energy duty was considered in
recovery of 35 % ethyl acetate. In this recovery amount, the
number of required stages is 10 and duty is 3223.06 kW.

The ternary diagram of optimum mode of design
with feed stream and concentration profiles of the
components in the rectifying and stripping sections of
the heterogeneous distillation column is depicted in
Fig. 8. As already mentioned, the design is feasible if the
concentration profiles of the components in the rectifying
and stripping sections intersect each other. Since the feed
has entered the first region, the products were also
received at the same region.
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| —a—duty

F 3500
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Druty (kW)

- 3500

Number of stages

Etyhl-Acetate Recovery (%)

Fig. 7. The number of required stages and energy duty
in various ethyl acetate recoveries at the bottom of the column
for feed containing 40 mol % of ethanol, 57 mol %
of ethyl acetate and 3 mol % of water
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As Fig. 6 reflects, in the second distillation region,
ethanol is the stable node, so it is considered to be the
main component in the bottom product. In this region,
the feed contains 40 mol % of ethanol, 50 mol % of ethyl
acetate, and 10 mol % of water. Conceptual design was
carried out in different ethanol recoveries at the bottom
of the column, and in each case, the feasibility of separation
was investigated. It should be noted that in similar
recoveries of ethanol, a mode was selected in which the
number of equilibrium stages and energy duty in the
condenser and the reboiler were minimal and the purity
of the products was at the maximum level. In Fig. 9, the
values obtained from conceptual designs (the number of
equilibrium stages, energy duty, and purity of products)
are demonstrated in different recoveries of ethanol at the
bottom of the column. As can be observed, with increasing
ethanol recovery percent, the number of equilibrium
stages has a nonlinear trend, the minimum value of
which was in 45 % recovery of ethanol and energy duty
had a decreasing trend of about 34 %. Ethanol purity
also shows a decreasing trend from 59.2 to 47 mol %,
which is equivalent to a decrease of about 21 %.

By comparing the results of the conceptual design
in Fig. 9, the optimum design mode was considered in
recovering 45 % of ethanol, because the number of
stages and energy duty in this recovery were minimum,
that is, 3 and 2812.9 kW, respectively. Although the
purity of ethanol in the mentioned recovery amount was
at its minimum, its variations are much lower compared
to the changes in the number of trays and duty, thus, it is
of lower significance degree.
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Fig. 8. Ternary diagram for a feed containing 40 mol %
of ethanol, 57 mol % of ethyl acetate, and 3 mol % of water
in recovery amount of 35 % ethyl acetate



244

10 4500
w9
g e - 4000
w7 =
o ( - 3500 T
o 9 =
z —e— Stages < [ 3000

41 —&— Duty AVE

3 &1 2500

20 25 30 35 40 45 50
Ethanol Recovery (%)

a)

Shima Sheybani, Behrooz Mahmoodzadeh Vaziri

70
60
50
= 40
30 - —®—Ethanol

—e—Ethyl-Ac

M e mo

10

Ethanol i bottoms
(mol.%)

Ethyl-Ac & H20O in bottoms
(mol.%)

Ethanol Recovery (%)

b)

Fig. 9. The number of stages and energy duty (a) and purity of products at the bottom of the column (b) in different recoveries of
ethanol for feed containing 40 mol % of ethanol, 50 mol % of ethyl acetate and 10 mol % of water

In Fig. 10, the ternary diagram of the optimal
conceptual design mode, along with feed stream and
component concentration profiles in the rectifying and
stripping sections of the three-phase tower, is presented.
Obviously, the intersection of the concentration profiles
of the rectifying and stripping sections and the location
receiving the products took place in the second region.

Regarding Fig. 6, in the third distillation region,
water is the stable node, and therefore the main
component is considered in the bottoms product. In this
region, the feed contains 40 mol % of ethanol, 40 mol %
of ethyl acetate, and 20 mol % of water. Similar to the
first and second regions, conceptual design was carried
out in different water recoveries at the bottom of the
column, and the feasibility of separation was investigated in
each case. It should be noted that in similar recoveries of
water, the mode was chosen in which the number of
theoretical stages and energy duty were the minimum
and the purity of the products was at the maximum level.

The values obtained from conceptual designs (the
number of stages, energy duty, and the purity of
products) in various water recoveries at the bottom of the
column are provided in Fig. 11. It is known that by
increasing water recovery percent, the number of
equilibrium stages has approximately increased trend,
but energy duty until 35 % recovery had a decreasing
trend, followed by a fluctuating trend. Water purity also
exhibits an alternating trend, ranging from 28.5 to
38.4 mol %, an increase of about 35 %. With the analysis
of conceptual design results, Fig. 11 shows that in
35% recovering of water, the number of stages and
energy duty are minimized, likewise, water purity in this
amount of recovery will reach its minimum. Therefore,
the optimal design was considered in 40 % water
recovery. In this amount of recovery, the number of
required stages is 10 and duty is 3565.55 kW.

087 Distillate
product

H20

Fig. 10. Ternary diagram for a feed containing 40 mol %
of ethanol, 50 mol % of ethyl acetate and 10 mol %
of water in recovery amount of 45 % ethanol

The ternary diagram of the optimal design mode
with the feed stream and the concentration profiles of the
components in the rectifying and stripping sections of
the heterogeneous distillation tower are shown in
Fig. 12. As expected, the intersection of the concentration
profiles of the rectifying and stripping sections is located
in the third region.

In Table 3, the comparison of the results obtained
from conceptual designs of all the three distillation
regions is presented in the optimal recovery value from
the key component (stable component in each region). It
is clear that the implementation of the three-phase
distillation process in terms of the number of stages and
energy duty in the second region is more satisfactory
than in the other regions.
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Fig. 11. Number of required stages and energy duty (a) and purity of products at the bottom of the column (b) in different water
recoveries for feed containing 40 mol % of ethanol, 40 mol % of ethyl acetate and 20 mol % of water

The presented designs were carried out at constant
R, thus, in order to ensure the achieved results, in
the next step, R analysis on conceptual design was
performed in all three distillation regions.

\

0.1~ 0.9

profile

08/~ Distillate

product
0.9~

0.1 0.2 0.3 04 0.5 0.6 0.7 0.8 0.9
H20

Fig. 12. Ternary diagram for a feed containing
40 mol % of ethanol, 40 mol % of ethyl acetate and 20 mol %
of water in water recovery 40 %

Table 3. Comparison of the obtained results from
conceptual designs of all three distillation regions with
constant mole fraction of ethanol at constant R

Distillation The number of Energy duty,
region equilibrium stages kw
First region 10 3223.06
Second region 3 2812.9
Third region 10 3565.55

Analysis of reflux ratio in the triple distillation
regions. At this stage, the effect of R on the conceptual
design of the three-phase tower was evaluated for each
distillation region to determine the optimum R in each
region. This process was carried out in the optimal
recovery amount obtained from the previous step for the
key component in each region and on the same feeds
containing the same mole fraction of ethanol. It should
be noted that in this situation, due to change in reflux
ratio, there was no significant change in the purity of the
products.

In the first distillation region, the conceptual design
of the separation tower was accomplished by changing
the R amount in 35 % recovery of ethyl acetate (optimal
amount). The results and its effects on the number of
theoretical stages and energy duty are presented in
Fig. 13. According to the results shown in Fig. 13, the
minimum number of stages required for the separation
was 7 stages, which is achieved at R = 3.5. The
minimum reflux ratio (Ryin) in which separation was
feasible was equal to 1. Therefore, the optimal reflux
ratio (Rop) was considered to be 1.5 times the minimum
value according to general principle in distillation
processes. The results of the conceptual design in
Ropt = 1.5 are provided in Table 4.

The effect of R on the conceptual design of the
three-phase tower in the second distillation region was
investigated in 45 % ethanol recovery (optimal amount).
Fig. 14 shows the number of stages and energy duty
based on R. It is clear from Fig. 14 that the minimum
number of stages required for the separation is 3 stages
obtained at R = 1. The value of Ry;n, in which separation
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is feasible, is equal to 0.2. The same as before, Ry, Was
1.5 times its minimum value. The results of conceptual
design in Ry = 0.3 are reported in Table 4.

The conceptual design of the tower in the third
distillation region was performed by changing R in 40 %
water recovery (optimal amount). Its results and impact
on the number of stages and energy duty are illustrated
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Fig. 13. The effect of R on the number of theoretical stages
and energy duty in the first distillation region by 35 % ethyl
acetate recovery at the bottom of the column
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in Fig. 15. According to the results presented in Fig. 15,
the minimum number of stages required for the
separation was 9, which is achieved in R = 1.7. The
value of Ry,in, where the separation was feasible, was 0.8.
Similar to the other regions, the Ry, was 1.5 times its
minimum value. The results of conceptual design at
Ropt= 1.1 are given in Table 4.
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Fig. 14. The effect of R on the number of theoretical stages
and energy duty in the second distillation region by 45 %
ethanol recovery at the bottom of the column

Fig. 15. The effect of R on the number of theoretical stages
and energy duty in the third distillation region with 40 %
water recovery at the bottom of the column

Table 4. The results of the conceptual design of the three-phase tower in the triple distillation regions in Rop

Distillation R The number of equilibrium Energy duty, Composition at r?]c:)tltc()); of the column,
i kw
region stages Ethyl acetate Water Ethanol
First region 15 10 3223.6 61.86 0.93 37.21
Second region 0.3 4 1456.077 48.19 8.44 43.37
Third region 11 12 2995.66 14.29 28.57 57.14

By comparing energy duty, the number of stages,
and the composition of the products in the three
distillation regions, it is clear that the second distillation
region is the best region for accomplishing the separation
process of this non-ideal mixture. Another advantage of
the second region is that, by separating ethanol from the
bottom of the tower, the overhead product mainly

includes ethyl acetate and water, which can be easily
separated in the decanter due to the low miscibility of
these two components in each other. The only
disadvantage of the region is its small expanse, which
makes the region less flexible for the separation process.
Of course, this shortcoming can be easily overcome by
slight modifications of the process operating pressure.
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It should also be noted that in the first region, by
separating ethyl acetate from the bottom of the column,
in addition to the high energy consumption, the overhead
product contains more water and ethanol (a miscible
azeotropic mixture) that cannot be easily separated. In
the third distillation region, in addition to the high
energy consumption and the number of stages to separate
water from the bottom of the column, the overhead
product contains ethanol and ethyl acetate (a miscible
azeotropic mixture) that are not easily separable. As of
yet, it has been determined that the optimal range of
performance of a three-phase distillation unit for feeds
with constant mole fraction from one of the components
in different R is the second distillation region. In order
to provide a more comprehensive assessment and to
ensure the optimum region for distillation, the conceptual
design of the tower for various feeds was carried out on
the mass balance lines leading to the stable node in
each region.

Conceptual design on mass balance lines in triple
distillation regions. As mentioned above, in the first step
of conceptual design, selected feeds with a constant mole
fraction of ethanol in each region were investigated. In
this step, in order to arrive at a decisive conclusion to
identify the best distillation region, conceptual design for
different feeds was performed on the mass balance lines
leading to the stable node in each region. It should be
noted that, for proper comparison, all the designs were
carried out at operating pressure of 1 atm and reflux ratio
of 1.5 for 100 kmol/h feed.

Fig. 16 shows the location of feeds on the mass
balance line leading to the stable node of the first region.
Conceptual design was carried out in different recoveries
of the stable component for four specified feeds, and the
separation feasibility was evaluated. The results of
the conceptual design for the feeds included in the
first region in the optimal recovery value of the
stable component at the bottom of the tower are given in
Table 5.

As shown in Table 5, for feeds containing 60, 65,
75, and 90 mol % of ethyl acetate, the highest purities of
ethyl acetate at the bottom of the tower were 84.7 %
(in 30 % ethyl acetate recovery), 91.2% (in 45%
ethyl acetate recovery), 95.7 % (in 60 % ethyl acetate
recovery), and 98.9 % (in 75 % ethyl acetate recovery),
respectively.

The location of the feeds considered on the mass
balance line leading to the stable node of the second
region is shown in Fig. 17. As before, for the 4 feeds
shown, the separation tower was designed in different
amounts of recovery from the stable component, and the
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separation feasibility was investigated. The results of the
conceptual design for the included feeds in the second
region in the optimal recovery value of the stable
component at the bottom of the column are presented in
Table 6.

Ethanol = 15%,
Ethyl-acetate = 75%,
H20 =10 mol.%

Ethanol = 25%,
Ethyl acetate = 60%,
H,0 =15 mol.%
-7
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&
&
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>Ethyl acetate = 65%,

H>0 = 14 mol.%

Ethanol = 5%, \
Ethyl acetate = 90%, \
H,O =5mol.%

Fig. 16. Composition of various feeds
on the mass balance line leading to the stable node
of the first distillation region

Table 5. The results of conceptual design for different
feeds on the mass balance line in the first region

Mole percent Ethyl a_cetate
of ethyl purity The 1 oyt
Y at the bottom of number Y
acetate kw
. the column, mol of stages
in the feed
%
60 84.7 10 3703.67
65 91.2 17 3184.59
75 95.7 11 2446.59
90 98.9 13 1467.22
Ethanol = 90%,

0.9

“==> FEthyl acetate = 7%,
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Z

05 Q
Ethanol = 65%, ;_5/
Ethyl acetate =28%,
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Fig. 17. Composition of various feeds on the mass balance line
leading to the stable node of the second distillation region
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Table 6. Results from conceptual design for different
feeds on the mass balance line in the second region

Mole percent Ethanol purity The
at the bottom of Duty,
of ethanol number of
. the column, mol kw
in the feed stages
%
65 91 17 2926.58
75 925 11 2243.25
80 935 7 3024.21
90 96.6 8 2378.86

Table 6 shows that for feeds containing 65, 75,
80, and 90 mol % of ethanol, the highest purities of
ethanol at the bottom product were 91 % (in 60% ethanol
recovery), 92.5 % (in 70 % ethanol recovery), 93.5 % (in
50 % ethanol recovery), and 96.6 % (in 65 % ethanol
recovery), respectively.

Fig. 18 shows the location of the considered feed
on the mass balance line leading to the stable node of the
third region. Conceptual design was carried out in
different recoveries of the stable component for the five
specified feeds and the separation feasibility was
evaluated. The conceptual design carried out in this
region revealed the infeasibility of separation for most of
the used feeds. Separation was feasible only for a feed
containing 50 % mole of water, and the highest purity
for water at the bottom of the column was 82.8 % (in
65 % water recovery). In this case, the required number
of stages is 4 and energy duty is 2906.67 kW. Therefore,
the third region has a small flexibility for the separation
of the desired three-phase mixture.
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Fig. 18. Composition of different feeds on the mass balance
line leading to the stable node of the third distillation region
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By comparing the results of conceptual design in
the three distillation regions, it should be mentioned that
the second region, in terms of the number of required
stages and energy duty, has a better status than the other
regions, which reflects the simplicity of the separation
operations in this region. Although the purity of the
product in this region is slightly lower than that of the
first region, it can be easily mitigated by slight changes
in the operating pressure of the process, which will be
appraised in the next section.

Finally, based on the three indices characterizing
purity, the number of stages and energy duty, it can be
concluded that the second region is the best for
performing the three-phase distillation of the desired
mixture. Therefore, in the following, the main focus of
this research was set on the second distillation region
and the effect of pressure on the separation flexibility
was investigated for feeds with concentration less than
80 mol % of the stable component (ethanol). Feeds with
concentration above 80 mol % of the stable component
were not considered as the evaluation criterion due to
high purity from the beginning.

Effect of operating pressure. Since ethyl acetate
and water have partial miscibility in each other,
therefore, LL phase separation would only be possible at
low ethanol concentrations in distillate, and a higher
ethanol content prevents phase splitting. Consequently,
at this stage, in order to separate the maximum ethanol in
the bottom product, the three-phase distillation process
was evaluated under different operating pressures in the
second region. In this regard, the conceptual design of
the azeotropic tower was carried out at pressures of 0.8,
1, 2, 3, 6, and 8atm to separate the various feeds
containing 65 mol% of the stable component (ethanol),
and energy consumption, the number of stages, and
products purity were determined. The reflux ratio was
fixed and equal to 1.5. The distillation boundaries along
with the location and composition of the feeds in each
pressure are specified in Fig. 19.

As shown in Fig. 19, with a change in pressure,
the azeotropic points and distillation boundaries are
displaced in the ternary diagram. At lower pressures, the
second distillation region becomes narrower and longer
and becomes wider and shorter at higher pressures. Due
to excessive shrinkage of the second distillation region,
it is not possible to perform three-phase distillation
operations at pressures higher than 8 atm.
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The results of conceptual design at various
pressures in the optimal recovery value of the stable
component at the bottom of the column for each feed are
reported in Table 7. It should be noted that the reported
purities at 0.8 and 1 atm pressures were obtained at
optimal recovery values of 45 and 60 % of ethanol at the
bottom of the column. At 2 atm pressure, the optimal
recovery value of ethanol at the bottom of the column is
45 % for feeds containing 28 and 31 mol % of ethyl
acetate, and 40 % for a feed containing 34 mol % of
ethyl acetate, which results in product with the given
purities in Table 7. At 3 atm pressure, the reported
purities for feeds containing 24 and 28 mol % of ethyl
acetate were achieved at the optimal recovery value of
40 % ethanol and for a feed containing 34 mol % of
ethyl acetate — at the optimal recovery value of 20 % of
ethanol at the bottom of the column. At 6 atm pressure,
due to the shrinkage of the second distillation region,
only two feeds were considered in this region. For feed
containing 20 mol % of ethyl acetate, no conceptual
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design was possible at any recovery amount. However,
for a feed containing 24 mol % of ethyl acetate, the
highest purity was achieved at 30 % of ethanol recovery
at the bottom of the column. At 8 atm pressure, the
extent of the second distillation region reached its lowest
limit, so only a feed containing 17.5 mol % of ethanol
could be considered. For the mentioned feed, conceptual
design was not possible at any recovery amount. At 0.8 atm
pressure (and lower pressures), in addition to the cost of
creating vacuum conditions, the lack of design flexibility
due to the narrowing of the second distillation region is
one of the disadvantages of using these operating
conditions. At pressures higher than 3 atm, the high-
pressure costs on the one side and the shrinkage of the
second distillation region, which leads to the achievement of
products with not so high purity, on the other hand, does
not justify the application of such operating conditions.
It should also be noted that with increasing pressure,
energy duty increases due to the rising temperature of
the bubble and dew points of the mixture.

Table 7. Obtained results from conceptual design at various pressures

Operating Feed composition, mol % Ethanol purity at the bottom Number Duty, kW
pressure, atm of the column, mol % of stages
0.8 65 % ethanol, 28 % ethyl acetate, 7 % water 84.7 6 2304.43
) 65 % ethanol, 31 % ethyl acetate, 4 % water 91.4 8 2424.92
65 % ethanol, 34 % ethyl acetate, 1 % water 93.7 8 2449.86
1 65 % ethanol, 28 % ethyl acetate, 7 % water 91 17 2926.5
65 % ethanol, 31 % ethyl acetate, 4 % water 93.8 33 2976.19
65 % ethanol, 34 % ethyl acetate, 1 % water 91.3 21 2880.16
5 65 % ethanol, 28 % ethyl acetate, 7 % water 92.2 24 3471.02
65 % ethanol, 31 % ethyl acetate, 4 % water 94.3 44 3485.75
65 % ethanol, 34 % ethyl acetate, 1 % water 93.6 27 3630.17
3 65 % ethanol, 24 % ethyl acetate, 11 % water 88.4 16 3582.22
65 % ethanol, 28 % ethyl acetate, 7 % water 93.6 42 3629.68
65 % ethanol, 34 % ethyl acetate, 1 % water 88.1 15 4196.99
6 65 % ethanol, 20 % ethyl acetate, 15 % water - - -
65 % ethanol, 24 % ethyl acetate, 11 % water 78.4 29 3626.35
8 65 % ethanol, 17.5 % ethyl acetate, 17.5 % water - - -

Comparing the results presented in Table 7, it is
clear that the highest purity (94.3 mol % of ethanol) was
achieved at the 2 atm operating pressure for the feed
containing 65 mol % of ethanol, 31 mol % of ethyl
acetate, and 4 mol % of water. Conceptual design for
other feeds also resulted in purities higher than
90 mol %. The reason for this is the greater extent of the
second distillation region at this pressure compared to
other operating pressures, which increase the separation

process flexibility of the aforementioned azeotropic
mixture. As a result, the pressure of 2 atm is introduced
as the optimal operating pressure for a three-phase
distillation process. Although the number of stages
required in this operating pressure is somewhat high, it is
easy to overcome this problem by changing the reflux
ratio (discussed in the following section).

The impact of the reflux ratio at the optimal
pressure. In this section, the effect of R on conceptual
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design at optimal operating pressure has been investigated.
Fig. 20 exhibits the effect of R on the number of
equilibrium stages and energy duty at the pressure of
2 atm. Obviously, with increasing R, the number of
equilibrium stages decreases, and energy duty elevates.
Initially, with an increase in R from 1.4 to 2.5, a sharp
decrease occurs in the number of equilibrium stages,
reaching from 57 to 23; then, the decreasing trend of the
number of stages occurs with a gentle slope and
eventually becomes fixed (17 stages). This is why
energy duty raises linearly from the beginning.

It is clear from Fig. 20 that the minimum R value
obtained at the pressure of 2 atm, which leads to feasible
design, is 1.4. Regarding the general principle of Roy =
= (1.2-2)-Rmin and the presented profiles in Fig. 20, a value
should be considered as optimal R, in which the number
of required stages and duty are minimal. Therefore,
the reflux ratio of 2.5 is persuasive. The results of
conceptual design in the optimum R value are given in
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Table 8. It should be noted that by changing the reflux
ratio, there was no significant change in the purity of the
products.
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Fig. 20. Effect of R on the number of equilibrium
stages and duty for feed containing 65 mol % of ethanol,
31 mol % of ethyl acetate, and 4 mol % of water at the
pressure of 2 atm

Table 8. The results of conceptual design in optimal R for a feed containing 65 mol % of ethanol, 31 mol %

of ethyl acetate, and 4 mol % of water at 2 atm

) Composition at the bottom of the column, mol %
Optimal R Number of stages Feed stage Duty, kW
Ethanol Ethyl acetate Water
2.5 23 4 4836.37 95 4.3 0.6

Relying on the results of this section, it can be
argued that in complex systems with numerous azeotropic
points, it is possible to achieve optimal purities and costs
by implementing a three-phase distillation in the correct
distillation region. Based on the results presented in
Table 8, the rigorous design of the three-phase distillation
column is carried out, which is discussed in the next
section.

3.2. Rigorous Design

The rigorous simulation and design of the three-
phase columns has always been a challenging issue due
to the difficulty of convergence caused by the highly
non-ideal system. This strife can be overcome using the
correct implementation of conceptual design model as
the base platform for the rigorous design of the non-ideal
column. Consequently, in this section, the results of the
conceptual design are used for rigorous design of the
three-phase distillation column so that logical simulation
can be implemented. For this purpose, Radfrac tower
was used in the environment of Aspen Plus software

with 23 equilibrium stages. This type of towers has
the ability to perform simulation based on both
thermodynamic equilibrium (equilibrium base) and mass
transfer (rate base). Nevertheless, since the rate base
model is only implemented for two-phase vapor-liquid
processes, in this study, simulation was conducted based
on thermodynamic equilibrium.

In the first step of the rigorous design, R is
considered a constant value and equal to the optimal
value obtained from the conceptual design (i.e., 2.5), and
by changing the bottoms flow rate, which mostly
contains the key component of ethanol (the stable
component in the second distillation region), energy duty
and composition of the bottoms product were evaluated.
In the next step, the bottoms flow rate of the column was
fixed and equal to the value obtained from the conceptual
design (i.e., 31 kmol/h), and the effect of R on energy
duty and composition of the bottoms product were
investigated. Eventually, in the final step, a rigorous
design was made in the optimal values of bottoms flow
rate and R (as the required 2 degrees of freedom).
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The effect of bottoms flow rate. The impact of
bottoms flow rate on energy duty and composition of the
bottoms product in R = 2.5 are shown in Fig. 21. As
previously mentioned, the entering feed was 100 kmol/h
of the non-ideal ternary mixture containing 65 kmol/h of
ethanol. Therefore, the maximum flow rate for the
bottom of the column is considered to be 65 kmol/h. It is
clear that as the bottoms flow rate increases, the energy
duty decreases linearly. In fact, with increasing bottoms
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flow rate, the boil-up ratio diminishes and therefore the
reboiler duty is reduced. On the other hand, with an
increase in the flow rate from 28 kmol/h, a drastic drop
in the purity of ethanol at the bottom of the column
occurs, resulting in a significant increase in the amount
of ethyl acetate at the bottom of the column. Consequently,
to reach a high purity product (at least 98 mol % of
ethanol), the optimum bottoms flow rate was considered
to be 28 kmol/h, in which duty is 4806.89 kW.
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Fig. 21. Effect of bottoms flow rate on energy duty (a) and bottoms product composition (b) at R = 2.5
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Fig. 22. Effect of R on energy duty (a) and bottoms product composition (b) at bottoms flow rate of 31 kmol/h

The effect of reflux ratio. The effect of R on
energy duty and composition of the product at constant
bottoms flow rate (31 kmol/h) is depicted in Fig. 22.

As can be observed, with raising R, energy duty
increases linearly and ethanol purity increases nonlinearly.

Clearly, at R > 7, there is no marked change in the purity
of ethanol, and only energy duty is enhanced. Here,
in order to reach 98 mol % of ethanol and prevent
excessive energy consumption, the optimum value of R
was considered 5. Energy duty in this R is 7807 kW. In
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the next step, the final rigorous simulation was performed at
optimum values of bottoms flow rate and R.

Final simulation. At this stage, a final simulation
of the separation unit of the three-phase mixture of

Table 9. Final results obtained from the rigorous simulation
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ethanol/ethyl acetate/water was performed at the
optimum values of bottoms flow rate and R, that is,
28 kmol/h and 5, respectively. The obtained results
are presented in Table 9.

Composition at the bottom of the Composition at the top of the
Operating Optimum | Number of Energy column, mol % column, mol %
pressure, atm R stages duty, kW Ethanol Ethyl Water | Ethanol Ethyl Water
acetate acetate
2 5 23 8163.72 99.25 trace 0.75 0.96 88.2 10.84

In order to be used as a raw material in the
chemical industry and a fuel in the engines, ethanol must
have the purity equal or higher than 98.7 mol %
(99.5 wt %), according to the international standards (EN
15376, ASTM D 4806) [13, 22, 23]. As indicated in
Table 9, the implementation of rigorous simulation and
design based on the conceptual design principles resulted
in the achievement of ethanol with purity (99.25 mol %)
higher than defined standards with the minimum number
of stages and energy duty. Also, the overhead product
components, which mainly include ethyl acetate and
water, can be easily separated in a decanter with high
purity (due to immiscibility).

In the end, it should be noted that the proper
strategies for performing rigorous designs could be
achieved by employing effective methods in conceptual
design of non-ideal units. In so doing, three-phase distillation
units can be designed and launched at industrial scales
with minimal capital and operating costs.

4. Conclusions

Three-phase distillation is an attractive process for
the separation of highly non-ideal and heat-sensitive
mixtures. This research focused on the conceptual and
rigorous design of the three-phase distillation unit of
ethyl acetate complex system as an innovative assessment to
select the best separation strategy.

In this regard, the thermodynamic behavior of the
mixture was first analyzed using various activity models,
and finally, the NRTL model has shown more appropriate
performance than the others, and it was used to predict
the phase equilibrium trend. Then, the separation feasibility
and conceptual design of the three-phase column in the
triple distillation regions were performed for different
feed locations, reflux ratios and product recoveries using
the extended BVM. By comparing the obtained results, it

was found that the optimal region of performance of the
three-phase distillation unit based on the three indices of
products purity, the number of stages, and energy duty is
the second distillation region with ethanol as the stable
component. Subsequently, by expanding the second
distillation region and increasing the flexibility of
separation through altering operating pressure, the
conceptual design of three-phase distillation column was
optimized at 2 atm pressure with 23 required stages.

Based on the conceptual design results, rigorous
simulation of the three-phase distillation unit was easily
accomplished, and the optimal values of bottoms flow
rate and reflux ratio were obtained 28 kmol/h and 5,
respectively. In these circumstances, ethanol with the
purity of 99.25 mol % was achieved by energy consumption
of 8163.72 kW. The achievements of this research can
pave the way for choosing the right strategies for the
separation of ethyl acetate complex systems in pilot and
industrial scales with maximum energy saving.
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TPUDAZHA TUCTUJIALIA
ETUJALHETATY/BOJAU/ETAHOJIY:
MOXKJIHMBICTSB PO3AIJTEHHA
TA KOHIEIITYAJIBHE TPOEKTYBAHHSA

Anomauin. Iloxazano, wo npu 6e3nepepgHomy 6u-
POOHUYMEI emunayemamy GUHUKAIOMb HpoOaeMU po30ineHHs
uepes 3HAUHY KibKiCmb a3eomponis. 3acmocosano 800CKOHA-
JeHuti mpuazHuti. Memoo OucmuiaYii 3a OONOMO20I0 PI3HUX
cyenapiie ouuujenns OnsA NOMPpIHO20 po30ileHHs emunaye-
mamnoi cucmemu (emunayemamlsooalemanon). Bcmarnoeneno,
Wo eKazama HeideanbHa CyMiu MiCmMums 4Omupu azeomponu
ma mpu obnacmi oucmuaayii. /[na eubopy natikpawjoi obracmi
oucmunAYii 00CTIOHCEHA MOHCIUBICIb PO3OLIEHHA ma po3poo-
JIeHUll KOHYenmyaibHull Npoekm YCMAaHo8Ku 3d O0NOMO20i0
MeMoOy pO3UUPEHOI epaHUYHOT 8enuyuHU O PISHUX 6api-
aumie nooavi cuposuHy ma ury4eHHs npooykmy. Busnaueno,
wo obracmy, 6 AKIll eManon € CMadilbHUM KOMNOHEHIMOM,
€ Haubinbw npudamuor 011 npoyecy oucmunayii. Kou-
YenmyanbHa KOHCMPYKYis mpu@asHoi KoIoHU ONMUMI308ana
6HACTIOOK 3MIHU (preemoeoco uucia ma pobouoeo mucky. Ha
OCHOGI pe3yIbmamié KOHYenmyanbHo20 NpOeKmy8anHs Npo-
6€0eHO MOUHe MOOCNIOBAHHS NPOYECY, | BUSHAYEHO, WO YUCTOMA
6i00inenns emarony cmarnosums 99,25 % mon.

Knrouosi cnoea. mpugaszna oucmunayis, emuraye-
mamuuil npoyec, OOYLIbHICMb PO30LIEeHHs, KOHYEenmyaibHe
NPOEeKMyBaHHsl, CYBOPE MOOENI0BANHS.


https://doi.org/10.1016/j.compchemeng.2004.04.008
https://doi.org/10.23939/chcht09.04.479
https://doi.org/10.1016/j.cep.2011.07.012
https://doi.org/10.1016/j.cep.2013.05.015
https://doi.org/10.1016/j.cep.2015.07.027
https://doi.org/10.1016/j.cej.2009.04.022
https://doi.org/10.1016/j.cherd.2015.10.051
https://doi.org/10.1016/j.memsci.2008.11.034
https://doi.org/10.23939/chcht12.03.346
https://doi.org/10.1016/j.cep.2007.10.008
https://doi.org/10.1016/j.cjche.2014.12.007
https://doi.org/10.1002/aic.690441008
https://doi.org/10.1021/ie060035t
https://doi.org/10.1021/ie50396a019
https://doi.org/10.1252/kakoronbunshu1953.32.149
https://doi.org/10.1021/ie50605a023
https://doi.org/10.1021/ie50478a063
https://doi.org/10.1016/j.seppur.2011.10.022
https://doi.org/10.23939/chcht05.02.215



